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Abstract 

The direct conversion of methane to aromatics offers a promising route for liquefying natural 

gas and biogas, thereby generating higher-value chemicals and reducing transportation costs. 

However, conventional methane dehydroaromatization (MDA) is severely hindered by 

thermodynamic limitations, high temperature requirements, and catalyst instability. Here, we 

report a tandem chemical looping catalysis strategy that integrates chemical looping oxidative 

coupling of methane (CL-OCM) with dehydroaromatization (DHA), overcoming these 

challenges. The CL-OCM route generates more readily convertible C2+ intermediates while 

consuming hydrogen, the equilibrium-limiting byproduct, as water. This shifts the equilibrium 

and renders the overall reaction exothermic, achieving a single-pass aromatic yield of 27.1%, 

2.5 to 3 times the single-pass yields of conventional MDA. Independent regeneration of the 

two catalyst beds maintains stable performance over repeated reaction-regeneration cycles. 

Process analysis projects ~75% lower levelized costs and ~77% lower cradle-to-gate emissions 

than direct MDA. 

Keywords: oxidative coupling, dehydroaromatization, chemical looping, tandem catalysis 

 

 

Introduction 

Methane is an abundant carbon resource in natural gas and biogas, yet much of it remains 

underutilized or flared when such resources are remote, small-scale or compositionally 

variable.1–7 Converting methane directly into transportable liquid hydrocarbons would create 

an intensified alternative to conventional syngas-based gas-to-liquids routes, which require 

extensive process steps such as reforming, gas conditioning, synthesis, refining, and 

separations. The primary challenge to direct methane conversion to non-syngas products is its 
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high stability relative to the target products.8–11 As such, direct routes must activate strong C-

H bonds while avoiding overoxidation or carbon deposition. 

Direct methane dehydroaromatization (MDA) is one of the most attractive routes because it 

converts methane to benzene and related aromatic hydrocarbons without first forming 

syngas.2,12,13 However, conventional MDA remains limited by a combination of unfavorable 

thermodynamics, high thermal energy demand, and rapid catalyst deactivation.14 The 

coproduct H2 restricts methane conversion and aromatic yield (~12% equilibrium benzene 

yield at 700 °C), while the strongly endothermic reaction (6CH4 = 9H2 + C6H6 ௥௢ܪ∆ =+531 kJ/mol ) requires substantial high-temperature heat input. As a result, single-pass 

aromatic yields in direct MDA are typically low (≤10% in experimental studies), despite 

decades of catalyst development.15,16 Meanwhile, metal-modified zeolite catalysts tend to 

deactivate rapidly through coke formation and restructuring under the severe MDA reaction 

environment.15,16 

Efforts to overcome these limitations have largely focused on removing or consuming H2. 

Membrane reactors with staged oxygen co-feeding,17 electrochemical oxygen pumping,18 

downstream selective H2 combustion via chemical looping,19,20 and in situ H2 scavengers21 

have each improved aspects of the reaction. Nevertheless, these strategies still rely on direct 

MDA as the core reaction chemistry and only partially address the coupled limitations of 

equilibrium, heat input and catalyst stability. Some approaches also introduce additional 

process complexity. Direct coupling of an oxidative coupling of methane (OCM) effluent to a 

conventional Mo/ZSM-5 MDA catalyst has also been reported, but it gave only ~2.5% benzene 

yield at 14% methane conversion, with CO2 in the effluent oxidizing the Mo2C active phase.22 

Simply placing an aromatization bed downstream of OCM is therefore insufficient to improve 

the MDA performance.  
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In this study, we report a tandem chemical looping strategy that redirects methane 

aromatization to a more favorable C2-mediated pathway. Methane is first converted to 

ethylene- and ethane-rich C2+ intermediates through chemical looping - oxidative coupling of 

methane (CL-OCM),23 and these intermediates are subsequently converted to aromatics over a 

downstream dehydroaromatization (DHA) catalyst. This architecture synergistically combines 

an exothermic methane-coupling step with aromatization of more reactive C2+ intermediates, 

creating a reaction network that can circumvent the equilibrium and endothermicity constraints 

of direct MDA. We show that the key upstream catalyst requirement is not simply high total 

C2+ yield, but the right combination of C2+ yield and ethylene-rich product distribution. 

Integrating this catalyst-design principle with independently controlled redox regeneration 

gives a single-pass aromatic yield of 27.1%, roughly 2.5–3 times that of conventional MDA. 

Repeatable cyclic operation was also demonstrated. Process analysis further indicates that the 

tandem scheme can operate autothermally and convert distributed methane to aromatics with a 

cradle-to-gate carbon footprint about 77% lower than that of direct MDA when low-carbon 

electricity is used. 

 

Results 

Tandem reaction design enables high-yield and overall exothermic methane aromatization 

 

a  
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b 

 

c 

 

d 

 

e 

 

f g 

 
 

Figure 1. Thermodynamic design and experimental realization of tandem chemical looping 

methane aromatization. a. Tandem chemical looping reaction architecture for C2-mediated 

methane aromatization; b. Equilibrium benzene yield versus the DHA step temperature and 

OCM conversion (under a fixed C2H4:C2H6 of 1); c. Equilibrium yield as a function of OCM 

conversion and ethylene fraction with the DHA step at 550 °C; d/e. Overall reaction enthalpy 

over the same design space as b and c, respectively; f. Performance of tandem chemical looping 
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OCM-DHA for different CL-OCM redox-oxide formulations with DHA catalyst (LC-LP: 

Li2CO3-modified LaPrOx at 725 °C; MLMB and NZW-MLMB at 840 °C; HGaAlMFI at 

550 °C in all cases; full conditions provided in Table S1); g. Comparisons of the OCM-DHA 

performance in the current study with literature reported MDA performance. Filled symbols 

correspond to aromatics selectivities whereas unfilled symbols correspond to total C2+ 

selectivities from methane conversion. 

Direct MDA must activate methane, form C–C bonds and aromatize within a single, strongly 

endothermic and equilibrium-limited reaction. We instead split the chemistry into two 

complementary stages (Fig. 1a): chemical looping oxidative coupling of methane (CL-OCM) 

converts methane into ethylene, ethane and other C2+ hydrocarbons using lattice oxygen from 

a regenerable redox catalyst, and the resulting C2+ stream passes over a dehydroaromatization 

catalyst that converts it into benzene and higher aromatics. Oxidative coupling releases high-

grade heat and converts hydrogen into water, and the C2+ intermediates, particularly ethylene, 

aromatize far more favorably than methane.24 At the OCM conversion demonstrated 

experimentally (~44%), the equilibrium aromatic yield is roughly three times that of direct 

MDA, rising to five-fold at higher OCM conversions, with a net heat release of up to ~130 kJ 

per mol of methane fed (Fig. 1d,e). 

At a fixed ethylene fraction, C2H4/(C2H4 + C2H6), the equilibrium benzene yield rises steeply 

with OCM conversion and stays well above that of direct MDA across the DHA temperature 

range (Fig. 1b), while the heat released by oxidative coupling more than offsets the heat 

consumed by aromatization, so the overall sequence is exothermic throughout the 

experimentally relevant window (Fig. 1d; confirmed by the process simulation presented later). 

Stream composition adds a second dimension: at 550 °C, a higher ethylene fraction raises both 

the equilibrium yield and the net heat release (Fig. 1c,e), because ethylene aromatizes more 

readily, and exothermically, whereas ethane aromatization is endothermic.  
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We tested this prediction in the two-reactor setup (Fig. S1) using three CL-OCM formulations 

with distinct C2+ yields and ethylene fractions: Li2CO3-modified LaPrOx (LC-LP),23 Li- and B-

promoted Mn–Mg-based redox oxide, MnLiaMgbBcOx (MLMB),25 and an MLMB-

NaZrWOx
25–27 (NZW-MLMB) composite (Fig. S2). Li2CO3-modified LaPrOx gave a high C2+ 

yield (26.4%) but an ethane-rich stream (ethylene fraction 64.2%); MLMB gave a lower C2+ 

yield (23.1%) with a higher ethylene fraction (78.6%); and adding the NaZrWOx promoter 

shifted the distribution further toward ethylene while suppressing non-selective oxidation (C2+ 

yield 32.7%, ethylene fraction 90.5%). Among the DHA candidates screened, HGaAlMFI was 

the most effective (Fig. S3). Coupled with HGaAlMFI, the tandem aromatic yields followed 

the combined C2+-yield and ethylene-fraction criterion rather than C2+ yield alone (Fig. 1f,g): 

MLMB, despite a lower C2+ yield than Li2CO3-modified LaPrOx, gave a higher tandem 

aromatic yield (23% versus 16%), and MLMB-NaZrWOx, which combines the highest C2+ 

yield with the highest ethylene fraction, gave the highest aromatic yield of approximately 27.1% 

at a methane conversion of 44.3% (Fig. 1g), more than 2.5 times the single-pass aromatic yields 

accessible through direct MDA (typically <10%). 

DHA catalyst performance, stability, and reactivation of active sites 

Steam-induced DHA deactivation motivates independent catalyst regeneration 

  

a b 
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Figure 2. a. Tandem CL-OCM-DHA cycling with O2 regeneration of both beds, showing rapid 

loss of aromatic yield. b. Standalone CL-OCM cycling, showing that the OCM bed remains 

comparatively stable. c. Effect of H2O concentration on C2H4-DHA over HGaAlMFI. d. 

Tandem CL-OCM-DHA cycling with independent O2 regeneration of the CL-OCM bed and 

H2 regeneration of the DHA bed. Li2CO3-modified LaPrOx (700 °C) and HGaAlMFI (550 °C) 

were used in a, b and d; conditions for all panels are given in Table S1. 

The tandem pathway also creates a stability challenge absent from dry C2+ 

dehydroaromatization. The lattice oxygen that drives methane coupling leaves the CL-OCM 

effluent with roughly 15–30 vol% steam, so the downstream DHA catalyst receives the desired 

C2+ intermediates together with a strongly deactivating component. We first evaluated the 

tandem system using the Li2CO3-LaPrOx CL-OCM redox catalyst and a conventional chemical 

looping regeneration protocol, in which both reactors were purged and then oxidized with 20% 

O2 after each methane reaction step. Under these conditions, the first cycle gave an aromatic 

yield of 15.6% at 28.6% methane conversion. However, the aromatic yield decreased to 9.9% 

in the second cycle and to 1.6% by the fifth cycle, even though methane conversion decreased 

more modestly from 28.6% to 24.0% (Fig. 2a). At the same time, the selectivity shifted away 

from aromatics and toward light hydrocarbons, indicating that the system continued to generate 

C2+ intermediates but progressively lost the ability to convert them into aromatics. Fig. 2b 

confirms that the CL-OCM catalyst alone retained stable methane conversion and C2+ yield 

c d 
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over the same cycling. Therefore, the loss of aromatics originated in the downstream DHA bed 

rather than in the methane-coupling function. 

To isolate the effect of steam, we ran C2H4-DHA over HGaAlMFI with controlled H2O co-

feeds (Fig. S4). Water is known to oxidize the reduced Ga species, such as [GaH2]+, that carry 

the dehydrogenation function of Ga-zeolites,13,28 and to deactivate Zn-zeolites by forming 

Zn(OH)+.29 Under dry conditions, C2H4 conversion was relatively stable over the timescale of 

the experiment; even small amounts of H2O accelerated deactivation, and higher steam 

concentrations caused increasingly rapid loss of conversion (Fig. 2c). C2H4-TPSR (Fig. S5) 

and H2-TPR (Fig. S6) of fresh and steam-treated HGaAlMFI confirm that steam suppresses 

intrinsic C2H4 activation and alters the reducible Ga sites. Steam is therefore the principal cause 

of the declining aromatization activity in the tandem system. 

These results show that a single oxidative regeneration step is incompatible with stable 

operation of the tandem process. Oxidation is required to replenish lattice oxygen in the CL-

OCM redox catalyst, but the steam-exposed DHA catalyst requires a reducing treatment to 

restore aromatization activity. We therefore implemented an independently controlled 

regeneration protocol in which O2 was supplied to the CL-OCM bed, and H2 was supplied to 

the DHA bed during the regeneration step (Fig. S1). This strategy stabilized the product 

distribution and maintained aromatic yield over five repeated tandem cycles (Fig. 2d), 

demonstrating the potential efficacy of this approach. The molecular basis for this recoverable 

DHA deactivation is examined in the following section. 
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Reversible Ga-site redox enables DHA reactivation 

a 

 

b 

 

e 

 

 

c

 

d

 

f 

 

Figure 3. DRIFTS of DHA catalyst after (a) H2 treatment (300 °C), (b) H2 treatment (550 °C), 

(c) H2 and steam treatment (550 °C), (d) Steam and H2 treatment (550 °C), (e) Comparison of 

H2 treatment and steam-H2 treatment, (f) XPS of fresh and steam-treated catalysts. 

Recovery upon H2 regeneration implied that the steam-induced deactivation is reversible. We 

therefore followed the state of Ga in HGaAlMFI under H2 and H2O by DRIFTS, XPS and 

combined in situ X-ray absorption spectroscopy (XAS) and X-ray diffraction (XRD), 

interrogating which species steam consumes and whether reduction regenerates them. 

DRIFTS showed that the reduced state of HGaAlMFI forms only under sufficiently high-

temperature H2 treatment (Fig. 3a–e): no hydride feature appeared in the 2000–2100 cm−1 

region after H2 at 300 °C, whereas H2 at 550 °C produced two bands near 2040 and 2057 cm−1 
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that are assigned, following prior studies of Ga-zeolites,30,31 to Ga–H species such as [GaH2]+ 

and [GaH]2+ associated with the dehydrogenation function of Ga-containing zeolites. 

Steam exposure strongly attenuated these Ga-H-associated bands. This change is consistent 

with oxidation or hydroxylation of reduced Ga species by H2O, converting the catalyst away 

from the reduced state required for efficient C2+ dehydroaromatization. Importantly, the bands 

reappeared after subsequent H2 treatment (Fig. 3d,e), although only to roughly half of their 

original intensity, indicating that the steam-induced change in Ga speciation is largely 

reversible under the reducing conditions used during DHA-bed regeneration. XPS 

measurements showed a corresponding shift in the Ga 2p3/2 from a binding energy (1116.6 eV), 

which corresponds to Ga-H species, toward one consistent with oxidized gallium species,32 

such as the hydroxide (1118.4 eV) after steam treatment (Fig. 3f), supporting the conclusion 

that H2O changes the local chemical environment of Ga rather than merely blocking external 

surface sites.  

 

a b c d

e f
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Figure 4. Combined in situ XAS-XRD characterization of the HGaAlMFI catalyst under 

different conditions. (a) and (b) in situ Ga K-edge XANES plots of HGaAlMFI and Ga2O3; (c) 

and (d) k2-weighted FT-EXAFS plots in R space of the Ga K-edge; (e) Evolution of 

coordination numbers of different Ga-O bonds under different conditions; (f) in situ XRD 

patterns of the HGaAlMFI catalyst under different conditions; for clarity, identical conditions 

in the two XRD series share the same legend, while different conditions are labeled separately 

in the lower-right corner. Notes: Ga-O* and Ga-O** referred to shorter and longer Ga-O bonds, 

respectively; N2 (or C2H4)+H2O indicated that the steam was co-fed with N2 (or C2H4); 

“C2H4@550°C_a” represented running the reaction in C2H4 at 550 °C again. 

To elucidate the behavior of active sites for the DHA catalyst, changes in the chemical states 

of Ga, its local coordination and phases under varying pretreatment and reaction conditions 

were examined using combined in situ XAS and XRD techniques (Fig. 4). In the fresh catalyst, 

XANES shows Ga predominantly in tetrahedral coordination with oxygen, evidenced by the 

characteristic “peak B” (Fig. 4a) in contrast to the dominant peak A of the Ga2O3 reference, 

and no Ga2O3 is detected by EXAFS or XRD (Fig. 4c,f), indicating highly dispersed GaOx. 

Heating to 550 °C in N2 lowers the coordination number of the shorter Ga–O* shell from ~5.0 

to ~3.3 and removes the Ga–(O)–Ga contribution characteristic of extra-framework GaOx (Fig. 

4c,e, Table S2), consistent with reduction of extra-framework Ga and its migration into the 

zeolite pores by exchange with Brønsted protons; Ga–O* and Ga–O** are assigned to intra- 

and extra-framework Ga–O bonds, respectively.24 Reaction in C2H4 changes the coordination 

little, but H2 treatment followed by a second C2H4 exposure lowers CN(Ga–O*) further to ~3.0 

and produces a new pre-edge feature, peak C (Fig. 4a), attributed to Ga+ and/or [Ga(III)H2]+ 

species, the latter being unstable above 500 °C.16,33,34 Full fitting results are given in Figs. S7–

S9 and Tables S2–S4. 
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With steam pretreatment, the same sequence gives systematically higher Ga–O coordination 

numbers (Fig. 4b,d,e and Table S3). Steam has been reported to oxidize Ga+ species and 

deactivate the Lewis acid sites, which are difficult to regenerate and impose a high energy 

penalty (ΔH = 302 kJ mol-1).28,35,36 Subsequent H2 treatment again restored the reduced Ga 

state, but after renewed C2H4 exposure a Ga–(O)–Ga contribution reappeared (Fig. 4d) and 

CN(Ga–O**) rose to ~0.8, indicating formation of GaOx species not seen under anhydrous 

conditions (EXAFS details for Ga2O3 are given in Fig. S9 and Table S4). 

In situ XRD revealed that, under the anhydrous atmosphere at 550 °C (Fig. 4f), the ZSM-5 

framework predominantly adopted a Pnma symmetry with preserved crystallinity, as suggested 

by the stable 2θ peaks between 9–10° , while the steam treatment decreased the ZSM-5 

crystallinity.37,38 Under reaction conditions, shoulder peaks appeared at lower angles than the 

dominant peaks between 3.0–3.9°, suggesting the incorporation of Ga cations and/or the 

formation of secondary porosity (e.g., mesopores or structural defects), while the short-range 

order was preserved. Unlike the change of Ga species, these changes cannot be restored by H2.  

Taken together, steam changes both the Ga speciation and, less reversibly, the zeolite 

framework. Because H2 regeneration restores the reduced Ga state and with it the aromatization 

activity, the Ga speciation is the dominant factor; the residual framework and GaOx changes 

are the likely origin of the slow decline seen over extended cycling (Fig. S10). Stable tandem 

operation therefore needs two regeneration chemistries: the CL-OCM bed must be oxidized to 

replenish lattice oxygen, and the DHA bed must be reduced to restore the Ga state associated 

with C2+ dehydroaromatization. 
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a 

 

b 

 

Figure 5.  (a) Scheme of the tandem OCM+DHA with chemical looping; (b) Stability of 

the tandem CL-OCM-DHA system with MLMB-NaZrWOx (840 °C) and HGaAlMFI 

(550 °C) over 20 reaction-regeneration cycles under the dual O2/H2 regeneration 

protocol (detailed conditions in Table S1). 

 

Dual chemical looping sustains high-yield tandem aromatization 

We implemented this requirement as a dual chemical looping protocol in which the MLMB-

NaZrWOx CL-OCM bed and the HGaAlMFI DHA bed are regenerated independently after 

each methane step (Fig. 5a). Methane first contacts MLMB-NaZrWOx at 840 °C; the ethylene-

rich effluent passes directly to HGaAlMFI at 550 °C; the system is purged with Ar; O2 is then 

fed to the CL-OCM bed while H2 is fed separately to the DHA bed; and a second purge precedes 

the next methane step. 

Using this dual-looping protocol, the MLMB-NaZrWOx/HGaAlMFI tandem system 

maintained high aromatic yield over 20 reaction-regeneration cycles (Fig. 5b). These cycling 

experiments were designed to verify the repeatability of the dual-regeneration protocol, as is 

customary in chemical looping studies, rather than to maximize yield; the operating conditions 

therefore differ from those of the optimized single-cycle result in Fig. 1f. The aromatic carbon 

… 

… 
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yield averaged approximately 22.4% and remained above 21.0% throughout the 20-cycle 

experiment. Methane conversion remained between approximately 37.3% and 41.0%, while 

aromatic selectivity was approximately 51.8–59.4%. Carbon balances for the reported cycles 

were within ±10%. This contrasts with the rapid deactivation under oxidative regeneration 

alone (Fig. 2a): the yield is sustained because MLMB-NaZrWOx supplies an ethylene-rich feed 

and the dual-regeneration protocol preserves the downstream aromatization function. Even the 

sustained ~22% is roughly double the single-pass yields of direct MDA (~10%), and the 

optimized single-cycle result reaches ~27% (Fig. 1f). 

We also evaluated the dual-regeneration strategy with Li2CO3-modified LaPrOx as the 

upstream CL-OCM catalyst. Although this system produced a lower aromatic yield because of 

its less favorable C2 speciation, it operated for 50 reaction-regeneration cycles (~50 h of cyclic 

operation) with the average aromatic yield remaining above 12.9% (Fig. S10). This supports 

the broader durability of the independent O2/H2 regeneration concept and provides the 

experimental basis for the process-level analysis that follows. 

Process analysis supports techno-economic and sustainability impacts 
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Figure 6. Process-level effects of tandem CL-OCM-DHA: (a) simplified process 

configurations; (b) economic performance of different process configurations at 50 bbl/d 

capacity; (c) sensitivity on economic parameters for the methanation case at 100 bbl/d capacity; 

(d) cradle-to-gate GHG emissions of different process configurations; (e) cradle-to-gate GHG 

emissions of the methanation case for different electricity sources. 

To assess distributed conversion of methane-rich resources into transportable aromatics, we 

built an Aspen Plus model of a 50 bbl/day organic-liquid plant, a scale commensurate with 

stranded or underutilized gas (process flow diagrams in Figs. S11–S13 of the Supplementary 

Information, SI). The reactor section uses the experimentally demonstrated OCM-DHA 

performance as its design basis. Because the reactor sizing and cost are insensitive to the 

specific oxygen-carrier formulation, a generic redox-oxide inventory was used in the model 

(see SI). Methane is converted to a mixture of benzene, toluene, xylenes, naphthalene and 

related liquids; unconverted methane is recycled, and the CO2 formed in the redox cycle is 

handled either by amine-based capture or by methanation and recycle. Two product strategies 

were compared: complete on-site separation of the individual aromatics, and export of the 

condensed liquid as a pyrolysis-gasoline-like (Py Gas) stream (Fig. 6a). 

The tandem process is projected to cut the levelized cost of aromatics by about three-quarters 

relative to the scaled reference direct-MDA plant: from 3.95 $/kg to 0.92–0.98 $/kg with 

complete separation and to 0.77–0.86 $/kg with Py Gas export, the methanation cases being 

the lower value in each pair (Fig. 6b shows the Py Gas cases; all cases in Table S12 and Fig. 

S15). At 50 bbl/day the best case falls just short of the 10% target IRR (9.39%); at 100 bbl/day 

the levelized cost drops to 0.716 $/kg and the IRR exceeds 10% (Fig. 6c). Capital intensity and 

financing dominate the sensitivity. Among the economic parameters, single-pass aromatic 

yield (23.2% to 27.1%) and ±25% changes in IRR and CAPEX produce the largest changes in 

levelized cost, followed by the natural-gas price, with electricity price having the smallest 
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effect (Fig. 6c). This is consistent with the low heat burden of the tandem process relative to 

direct MDA, which reduces its exposure to energy costs. 

Life-cycle analysis (LCA) based on the Aspen Plus model (see SI) suggests that the CL-OCM-

DHA process can substantially reduce greenhouse-gas emissions relative to the reference 

direct-MDA process, particularly when low-carbon electricity and carbon management are 

used. Under a cradle-to-gate boundary and a functional unit of 1 kg benzene-equivalent product, 

the reference case emitted 5.94 kg CO2-eq/kg product. In contrast, the CL-OCM-DHA 

configurations emitted 1.30–1.35 kg CO2-eq/kg product (~77% lower), with the lowest value 

obtained for methanation with Py Gas export (Fig. 6d; renewable electricity). The remaining 

cradle-to-gate emissions were dominated by natural-gas supply, catalyst and equipment 

materials, and purge losses. The emissions benefit depends strongly on the electricity used. For 

example, cradle-to-gate, the methanation Py Gas case emissions increase from 1.304 kg CO2-

eq/kg product for renewable electricity to 2.775 kg CO2-eq/kg with the NG-based electricity 

with capture system, according to US-DOE’s LCA guidelines39 and 3.095 kg CO2-eq/kg for 

current U.S. grid mix electricity (Fig. 6e).  

Overall, the process model, TEA, and LCA support that tandem chemical looping goes beyond 

increasing single-pass methane conversion to potentially enable economic viability at 

distributed scales, reducing greenhouse-gas emissions relative to direct MDA.  

Discussion 

This work shows that methane aromatization can be advanced by redesigning the reaction 

architecture coupled with catalyst innovation and optimizations. Direct MDA asks a single 

harsh environment to activate methane, form C–C bonds, remove hydrogen, supply heat and 

keep a zeolite active; tandem chemical looping divides these demands between an exothermic 

redox coupling step and a downstream aromatization step, and the division brings two design 
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rules. First, the upstream catalyst is judged not by total C2+ yield but by the combination of C2+ 

yield and ethylene fraction, which is why Li2CO3-modified LaPrOx, outstanding by the 

conventional OCM metric, is outperformed by MLMB-NaZrWOx. Second, the two functions 

must be regenerated under different redox potentials: oxidation restores lattice oxygen 

upstream, while reduction restores the Ga–H-associated state that steam removes downstream.  

Although the cyclic operating mode introduces reactor-switching complexity, it builds on 

highly successful industrial precedents. CATOFIN and Houdry-type dehydrogenation 

processes use multiple fixed beds operated out of phase, with beds cycling through reaction, 

purge or evacuation, air regeneration/reheat and, in many cases, H2-induced catalyst 

reduction.40–42 The tandem CL-OCM-DHA process follows this established logic of cyclic 

catalytic operation, but applies it to two coupled functions with different regeneration 

requirements: oxidative regeneration of the upstream redox catalyst and reductive regeneration 

of the downstream Ga-zeolite. This suggests that practical implementation could proceed 

through staggered fixed-bed operation, while circulating-fluidized-bed or moving-bed redox 

reactor concepts may offer alternatives for improved heat transfer and solids handling.43,44 

At the process level, the CL-OCM step supplies high-temperature heat, the DHA step turns the 

C2+ intermediates into condensable liquids, methane recycle improves carbon utilization, and 

exporting a mixed aromatic product avoids on-site separation, an important saving at stranded-

gas scale, while CO2 capture or methanation closes the carbon balance. The present TEA and 

LCA are a first process-level assessment rather than a design: feed impurities, catalyst scale-

up and lifetime, purge steps and the multi-reactor operating sequence remain to be engineered, 

but these are tractable problems with direct precedent in cyclic catalytic reactors. 

Overall, tandem chemical looping offers an advanced reaction-engineering strategy for 

transforming methane aromatization from an equilibrium-limited, endothermic, single-catalyst 
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problem into a coordinated redox-catalytic process. The broader implication is that chemical 

looping can do far more than supplying oxygen or removing hydrogen; it can reorganize 

difficult catalytic transformations into staged reaction networks with more favorable 

thermodynamics, heat balance and regeneration logic. For methane upgrading, this strategy 

opens a path toward compact, high-yield and potentially autothermal production of liquid 

aromatics from distributed gas resources. 
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Methods 

Catalyst preparation 

LaPrOx@Li2CO3 was prepared by using the modified Pechini method described in our previous 

work.23  La(NO3)3·6H2O (99.0%, Sigma-Aldrich) and Pr(NO3)3·6H2O (99.0%, Sigma-Aldrich) 

were used as precursors and dissolved in deionized water, and citric acid (99.5%, Sigma-

Aldrich) and ethylene glycol (99.8%, Sigma-Aldrich) were added into the solutions. The 

solution was stirred at 80 °C to form the gel. The gel precursor underwent 130 °C drying in an 

oven overnight and 950 °C calcination in air in a tube furnace for 10 h, labeled as LaPrOx. The 

deposition of Li2CO3 (≥99.0%, Sigma-Aldrich) onto LaPrOx was carried out by the wet 

impregnation method. The LaPrOx powder was soaked in the aqueous solution with a 

calculated amount of Li2CO3 and dried under stirring at 80 °C. The precursor further underwent 

130 °C drying in an oven overnight and 750 °C calcination in a tube furnace for 3 h, giving the 

sample labeled LaPrOx@Li2CO3. 

Li-and B-promoted Mn–Mg-based redox oxide, MnLiaMgbBcOx (MLMB), was prepared by 

milling the starting materials together in a planetary ball mill (XBM4X, Columbia International) 

as mentioned elsewhere.25 Briefly, manganese dioxide (99.9%, Materion, 32.2 g), magnesia 

(99.9%, Materion, 42.3 g), boric acid (99.5%, Sigma-Aldrich, 11.3 g), and lithium hydroxide 

(98%, Sigma-Aldrich, 9.2 g) were mixed with water and ball milled for two hours. After milling, 

the slurry mixture was dried in an oven at 80 °C. The dried solid was then calcined in the muffle 

furnace in two steps with a heating ramp of 5 °C/min. It was first held at 450 °C for 3 hours 

and then at 900 °C for 8 hours. 

NaZrWOx was prepared by a co-precipitation method.45 In typical synthesis, tungsten 

hexachloride (99%, Fisher Scientific) and zirconium butoxide (80%, Sigma-Aldrich) were 

dissolved in ethanol at a W:Zr molar ratio of 1:3 under vigorous stirring to obtain a clear 

homogeneous solution. An aqueous solution of sodium hydroxide was then added dropwise to 
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make the precipitates, and the resulting mixture was kept stirring continuously for 3 h. The 

mixture was transferred to a petri dish and dried overnight at 40 °C, followed by further drying 

in an oven at 85 °C for 6 h. The dried solid was subsequently calcined in a muffle furnace at 

850 °C with a heating ramp of 5 °C/min.  In the MLMB-NaZrWOx composite, MLMB provides 

the primary CL-OCM function and NaZrWOx acts as a physically mixed promoter phase. 

The HGaAlMFI catalyst was prepared following the conventional hydrothermal procedure for 

zeolite synthesis (with molar ratio of 5.25 TPAOH : 1.25 Na2O : 25 SiO2 : 0.63 Al2O3 : 0.41 

Ga2O3 : 1000 H2O), except that crystallization was performed under microwave heating. First, 

the HGaAlMFI zeolite precursor solution was prepared and stirred for 24 h, using deionized 

(DI) water, sodium hydroxide (NaOH), tetra-n-propylammonium hydroxide (TPAOH), 

tetraethyl orthosilicate (TEOS), sodium aluminate (NaAlO2), and gallium nitrate hydrate 

(Ga(NO3)3·xH2O), all from Alfa Aesar. Following the solution preparation, they were placed 

into the Teflon-lined CEM MARs 6 Microwaves Easy Prep vessels with a stir bar. The solution 

was then ramped to 220 °C and held for 30 min. The resulting solution was then centrifuged 

and washed using DI water to separate out the resultant precipitate. This sample was then dried, 

calcined in flowing dry air (100 mL/min) at 550 °C for 5 h (1 °C/min ramp), and treated with 

a very similar process to the conventional method to obtain final HGaAlMFI catalyst. ICP-

OES analysis of the elemental composition is provided in Table S29. 

Reaction Testing 

CL-OCM reaction 

CL-OCM reaction test was conducted in a fixed bed U-tube quartz reactor with catalyst inside 

a 1/8-inch inner diameter. For a general test, 2.0 g of LaPrOx@Li2CO3 (40-60 mesh) or 0.43 g 

of MLMB was loaded in the U-tube reactor, and inert aluminum grit was used to fix the catalyst 

bed. For the composite experiments, 0.215 g of NaZrWOx promoter was combined with 0.43 

g of MLMB. A furnace was used to provide heat and control the temperature where the furnace 
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temperature was taken as the reaction temperature. For reaction step in CL-OCM reaction, 25 

mL/min 80%CH4/20%Ar was fed into the reactor for 15 s to 5 min. The non-condensable gas 

was collected in a gas bag and analyzed by gas chromatography (Agilent 7890B). Then Ar was 

fed into the reactor to flush the reaction. For the oxidation step, 25 mL/min 20%O2/80%Ar was 

fed into the reactor, which was then followed by another Ar flush.  

DHA reaction 

DHA reaction test was conducted in a fixed bed U-tube quartz reactor with catalyst inside a 

1/8-inch inner diameter. For a general test, 0.1 g HGaAlMFI (40-60 mesh) was loaded in the 

U-tube reactor and inert aluminum grit was used to fix the catalyst bed.  A furnace was used to 

provide heat and control the temperature where the furnace temperature was taken as the 

reaction temperature. For the DHA reaction, C2H4 or C2H6 with Ar as balance was fed into the 

reactor. The product stream undergoes a cold trap with dodecane inside an impinger and ice 

water cooling. The gas product was collected with a gas bag and then analyzed by an Agilent 

7890B GC.  The liquid product was trapped in the dodecane, and the products-containing 

dodecane mixture was analyzed by an Agilent 7890A GC. 

OCM+DHA tandem reaction 

Tandem OCM+DHA reaction test was conducted in two fixed-bed U-tube quartz reactors with 

catalyst inside a 1/8-inch inner diameter. For a general test, the respective CL-OCM catalysts 

were loaded in the first U-tube reactor with inert aluminum grit to fix the catalyst bed, and the 

DHA catalyst was loaded in the second U-tube reactor with inert aluminum grit to fix the 

catalyst bed. Two furnaces were used to provide heat and control the temperatures, and the 

furnace temperature was taken as the reaction temperature. For the reaction step in the tandem 

OCM+DHA reaction, 25 mL/min 80%CH4/20%Ar was fed into the first reactor for 15 s to 5 

min. The effluent of the tandem reactor was passed through an impinger containing dodecane, 

cooled in an ice-water bath, to trap condensable aromatics. The non-condensable gas was 
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collected in a gas bag and analyzed by gas chromatography (Agilent 7890B). The dodecane 

solution was analyzed by gas chromatography (Agilent 7890A), and the aromatics were 

quantified using dodecane as an internal standard and converted to carbon moles; naphthalenes, 

which condense in the impinger and are not detected in the gas bag, were included in the total 

aromatics. Both reactors were then flushed with 25 mL/min Ar. For the regeneration step, 25 

mL/min 20%O2/80%Ar was fed to the OCM reactor and 25 mL/min 20%H2/80%Ar to the 

DHA reactor (for the O2-only regeneration of Fig. 2a, 20%O2/80%Ar was fed to both reactors), 

followed by another Ar flush. Step durations for each experiment are listed in Table S1. The 

performance parameters are defined as below: 

Methane conversion (XCH₄)  =  ∑nC,products∑nC,products  + nC,CH₄,out  ×  100% 

Carbon selectivity to product i (Si)  =  nC,i∑nC,products  ×  100% 

Aromatic carbon yield =  XCH₄  ×  Saromatics100  

Ethylene fraction =  nC,C₂H₄nC,C₂H₄  +  nC,C₂H₆  ×  100% 

Carbon Balance =  ∑nC,products  +  nC,CH₄,outnC,CH₄,fed  ×  100% 

 

Catalyst characterizations 

In situ X-ray absorption spectroscopy (XAS) and X-ray diffraction (XRD) measurements 

The combined in situ Ga K-edge XAS and time-resolved XRD measurements were carried out 

at beamline 7-BM (QAS, 1012 ph/s @ 10 keV) of the National Synchrotron Light Source II 

(NSLS-II) at Brookhaven National Laboratory (BNL). Since metallic Ga is liquid at around 

room temperature, the Ga K-edge XAS energy was calibrated using the Re foil L3-edge 

(10,535 eV), while the XRD incident X-ray energy was fixed and calibrated against the Mo 

foil K-edge (20,000 eV), corresponding to a wavelength of 0.6199 Å. To carry out the 
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combined in situ XAS-XRD measurements, a Clausen cell equipped with a quartz capillary 

(1.2 mm O.D., 1.0 mm I.D.) was utilized. For XRD, the sample-to-detector distance was 

calibrated using a CeO2 standard. Fresh sample (60-80 mesh) was loaded into the quartz 

capillary and fixed between two pieces of quartz wool for each experiment. Two pretreatment-

reaction conditions were employed: 1) Pretreatment in N2 (20 mL min-1) from room 

temperature to 550 °C at a heating ramp rate of 10 °C/min, held for 5 min, followed by C2H4/N2 

reaction (8/12 mL min-1, 5 min), H2 reduction (H2/N2 = 4/16 mL min-1, 20 min), and another 

C2H4/N2 reaction (8/12 mL min-1, 5 min) at 550 °C. 2) Studies of steam effects involved passing 

N2 or reaction gas through a water-filled glass bubbler at room temperature before entering the 

reaction cell. Specifically, the fresh sample was first treated with wet N2 (20 mL min-1), heated 

from room temperature to 550 °C at 10 °C/min, held for 5 min, then exposed to wet reaction 

mixture (C2H4/N2 = 8/12 mL min-1) at the same temperature for 5 min. Afterwards, the water 

bubbler was bypassed and only dry gases were fed into the cell. The sample was regenerated 

with H2 (H2/N2 = 4/16 mL min-1) at 550 °C for 20 min, after which the sample was tested under 

the reaction condition (C2H4/N2 = 8/12 mL min-1, 5 min). Throughout the process, the XAS 

spectrum and XRD pattern were collected alternately. For each collection cycle, XAS spectrum 

was firstly acquired utilizing both transmission and fluorescence modes, after which a two-

dimensional (2D) diffraction image was captured using a Pilatus 1M area detector. The 2D 

images were processed and integrated using Dioptas software to obtain XRD profiles after 

subtracting the background. Ga2O3 served as an X-ray absorption near edge structure (XANES) 

reference for comparison with the catalysts and for determining the amplitude reduction factor 

(S02) for the extended X-ray absorption fine structure (EXAFS) fitting. All XAS data 

processing was performed using the IFEFFIT package.46 

Temperature-programmed surface reaction (C2H4-TPSR)  
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C2H4-TPSR was performed on 30 mg of HGaAlMFI. To simulate water poisoning, the catalyst 

was first treated in steam at 550 °C for 1 h (5 mL/min H2O(g) in 20 mL/min Ar). Water injection 

was then stopped, and the catalyst was reduced in 5 mL/min H2 and 20 mL/min Ar at 550 °C 

for 1 h. The sample was cooled to 100 °C and flushed with Ar for 1 h. The TPSR was then run 

from 100 to 700 °C at 10 °C/min in a flow of 10% C2H4 in Ar (25 mL/min total), and the C2H4 

signal was followed by mass spectrometry m/z = 26. The fresh catalyst was measured with the 

same procedure, omitting the steam treatment. 

Temperature-programmed reduction (H2-TPR)  

H2-TPR was performed on 30 mg of fresh or steam-treated HGaAlMFI. The steam-treated 

sample was first exposed to steam at 550 °C for 1 h (5 mL/min H2O(g) in 20 mL/min Ar). 

Water injection was then stopped, and the sample was flushed with Ar at 550 °C, cooled to 

100 °C and held in Ar for 1 h. The fresh sample received the same Ar treatment without steam. 

The sample was then heated from 100 °C at 10 °C/min in 10% H2 in Ar (25 mL/min total), and 

H2 consumption was monitored by mass spectrometry m/z = 2. 

Ex situ X-ray photoelectron spectroscopy  

XPS was performed on a PHI 3057 spectrometer using an Al Kα X-ray source. Fresh and 

steam-treated HGaAlMFI samples were prepared as described for the C2H4-TPSR 

measurements and stored under Ar in a vial for analysis. Spectra were analyzed with CasaXPS 

software, and binding energies were calibrated to the adventitious C 1s peak at 284.8 eV. 

In situ DRIFTS 

In situ DRIFTS experiments were carried out on a Nicolet IS50 spectrometer equipped with a 

Harrick Scientific DRIFTS cell with ZnSe windows. The in situ DRIFTS experiments were 

performed to record the evolution of surface species on HGaAlMFI during H2 and steam 

treatments. Fresh catalyst (50 mg powdered sample) was loaded into the DRIFTS cell and 

flushed with Ar (50 mL/min) at 600 °C for 1 h to remove adsorbates. Background spectra 
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(resolution of 8 cm−1, 64 scans) were then collected. Afterwards, the sample was treated with 

42 vol% H2/Ar (50 mL/min) at 300 °C or 550 °C for 1 h and then purged with Ar (50 mL/min) 

for 1 h. For the “H2 and steam treatment” procedure, the catalyst was treated with H2 at 550 °C 

followed by steam. The “steam and H2 treatment” procedure proceeds through steam treatment 

first, followed by H2 treatment at 550 °C. Steam was introduced as described for the C2H4-

TPSR measurements. DRIFTS spectra were collected every 1 min. 

 

Thermodynamic calculations 

Equilibrium compositions and reaction enthalpies were calculated with HSC Chemistry 10 

(version 10.6.3.0, Metso) using the Gibbs energy minimization module and its built-in 

thermodynamic database, treating the gas phase as an ideal mixture at 1 bar over 400–700 °C 

in 10 °C steps. The species considered were Ar, C2H4, C2H6, H2O, H2 and C6H6. Each case was 

set up on a basis of 100 kmol CH4 fed to the oxidative coupling (OCM) step. Unconverted CH4 

was treated as inert and represented by an equal amount of Ar. The OCM step was assumed to 

convert the specified fraction of CH4 exclusively to C2H4, C2H6 and H2O, so that the DHA-step 

feed consisted of these C2 products, H2O and Ar. The aromatic yield was defined on a carbon 

basis and, for the 100 kmol CH4 basis, equals (in %) 6 × the equilibrium kmol of C6H6. HSC 

reports the enthalpy change for the aromatization step only (C2H4/C2H6 → C6H6 + H2). The 

enthalpy of the OCM step (CH4 + O2 → C2H4/C2H6 + H2O) was calculated by Hess’s law from 

HSC species enthalpies at each temperature. It was calculated separately for the ethylene route 

(CH4 + 1/2O2 → 1/2C2H4 + H2O) and the ethane route (CH4 + 1/4O2 → 1/2C2H6 + 1/2H2O), 

weighted by the C2H4:C2H6 ratio, and scaled by the conversion. Because the HSC feed was 

entered at 25 °C, the exported enthalpy also contains the sensible heating of the inert Ar from 

25 °C to T. This was subtracted so that the reported values approximate isothermal heats of 

reaction. The corrected aromatization enthalpy and the OCM enthalpy were summed and 
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normalized by the CH4 feed, giving the net ΔH in kJ per mol CH4 fed. At zero conversion no 

reaction occurs, so ΔH was set to zero. 

Process Modeling, Techno-Economic and Life Cycle Analyses 

Aspen Plus v14 was used to develop a process model for converting natural gas (NG) into 

value-added organic liquids—via an integrated Oxidative Coupling of Methane and 

Dehydroaromatization (OCM-DHA) process. The model considers benzene, toluene, xylene, 

and naphthalene as the primary products based on experimental data, either as individual 

products separated on-site or as a non-separated organic liquid. In addition to a baseline system 

that does not mitigate CO2 emissions, the system accounts for generated carbon dioxide (CO2) 

through two cases: 

Capture: 80–90% of the generated CO2 is captured using an amine-based system (e.g., 

Cansolv solvent). The remaining CO2, along with other unreacted components, is recycled 

within the process. 

Methanation: The produced CO2 undergoes methanation, where 90% is converted to CH4 and 

recycled.  

Modeling was further subdivided to address two technoeconomic scenarios: 

Complete Separation: Major products (Benzene, toluene, xylene, and naphthalene) are 

separated on site using distillation columns. 

Py Gas: The liquid hydrocarbon product is exported as a Pyrolysis Gasoline type mixture. 

Initial modeling assumes a plant capacity of 50 bbl/day of organic liquids, aligning with the 

expected capacity at “stranded” natural gas sites. To avoid the build-up of inert or unconverted 

gases, a purge stream is incorporated in both cases.  

Extensive descriptions of the process model, as well as techno-economic and life cycle analysis 

calculations are provided in the SI.  
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A life cycle assessment (LCA) is also conducted to evaluate the greenhouse gas (GHG) 

emissions associated with the OCM-DHA process to assess its environmental impact to inform 

future investment decisions and technology adoption strategies. The same modeling cases from 

the TEA were used for these analyses.  Life cycle inventories (LCIs) for each case were 

developed using SimaPro v9.6.01, utilizing unit process data primarily from the Ecoinvent 3 

database. Environmental impact characterization was performed using the TRACI 2.1 method 

developed by the U.S. Environmental Protection Agency (EPA); however, this analysis 

focused exclusively on global warming potential (GWP), represented by greenhouse gas (GHG) 

emissions. A detailed description of the LCA is provided in the SI. 
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  ∆   H  r  o = + 531   kJ / mol


  Carbon   Balance   =     ∑  n  C , products   +    n  C , CH ₄ , out   n  C , CH ₄ , fed   ×   100 %


  Methane   conversion     ( X  CH ₄ )   =     ∑  n  C , products  ∑  n  C , products   +    n  C , CH ₄ , out   ×   100 %


  Carbon   selectivity   to   product   i   (  S i )   =      n  C , i  ∑  n  C , products   ×   100 %


  Carbon   selectivity   to   product   i   (  S i )   =      n  C , i  ∑  n  C , products   ×   100 %


  Aromatic   carbon   yield =    X  CH ₄   ×      S aromatics 100


  Aromatic   carbon   yield =    X  CH ₄   ×      S aromatics 100


  Ethylene   fraction   =      n  C , C ₂ H ₄   n  C , C ₂ H ₄   +    n  C , C ₂ H ₆   ×   100 %


  Ethylene   fraction   =      n  C , C ₂ H ₄   n  C , C ₂ H ₄   +    n  C , C ₂ H ₆   ×   100 %


  Carbon   Balance   =     ∑  n  C , products   +    n  C , CH ₄ , out   n  C , CH ₄ , fed   ×   100 %

